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The Simulated Moving Bed (SMB) is a continuous multi–column chromatographic
process that has become an attractive technology for complex separation tasks that are
regularly encountered in the areas of pharmaceuticals, fine chemicals and biotechnology.
Even though economic optimality of the SMB process has attracted significant amount
of attention, operation of the SMB units at their optimal operating conditions is still an
open issue due to the absence of proper feedback control schemes. Recently, we have de-
veloped an online optimization based feedback control scheme that can deliver the full
economic power of the SMB technology despite disturbances and uncertainties in the
system.1,2,3 This paper focuses on the implementation of the control concept to SMBs
operating under overloaded chromatographic conditions that are characterized by nonlin-
ear competitive adsorption isotherms. It is shown that despite the overloaded chromato-
graphic conditions, the process can be controlled and optimized based on the linear ad-
sorption isotherm information only. The performance and robustness of the control
scheme is assessed under simulated challenging operating conditions.
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Introduction

True moving bed (TMB) is a continuous
countercurrent chromatographic process that can be
used to separate chemical mixtures into two frac-
tions. The separation principle is the different affin-
ity of the components in the mixture to the solid
phase in the solid/liquid countercurrent contact.

Simulated moving bed chromatography is a
technical approximation of the TMB process that
overcomes the problems connected to counter-
current continuous flow of the solid phase. The
SMB plants comprise a series of looped fixed chro-
matographic columns where solvent is circulating
in one direction. The continuous countercurrent
solid flow is approximated by moving the solid
phase over a finite length at discrete times, e.g. syn-
chronous switches of the positions of inlet (feed,
desorbent) and outlet (raffnate, extract) streams one
column position in the direction of the liquid flow
(see figure 1). Inlet and outlet streams divide the
SMB units into four sections having different

functionalities. The mixture to be separated enters
the unit at the feed-port between sections II and III.
Given that switching interval and the liquid flow
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F i g . 1 – Scheme of a Simulated Moving Bed (SMB) unit.
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rates in each section are chosen properly, the sepa-
ration takes place in two central sections, where the
least retained component B is eluted from section
III before the port switching and collected at
raffinate outlet, i.e., located between sections III
and IV, whereas the more retained component A re-
mains adsorbed in the solid phase until it is carried
to the section I by the port switch, where it is eluted
with fresh solvent and collected in the extract out-
let, i.e., located between sections I and II. The liq-
uid and solid phases are regenerated at section IV
and I, respectively. The stationary regime of the
SMB process is a cyclic steady state, in which the
process variables undergo a time varying transient
state. The transient dynamics repeat themselves
over the period of the process. The process period
can be defined as the time between two successive
port switches, i.e. t*, with the assumption that all
the columns constituting the unit are identical. On
the other hand, because it is practically difficult to
have identical columns, the global period of the
process is defined as a complete cycle, i.e. ncol × t*
where ncol is the number of columns in the SMB
loop. We refer to the available literature for more
detailed description of the SMB process.4

SMB technology has been regarded as an at-
tractive technology not only because of its advan-
tages, e.g., high productivity per unit mass of sta-
tionary phase and low solvent consumption, over
conventional separation techniques, e.g., batch
chromatography, but also because of its ability to
deliver these advantages, both, in the early develop-
ment and the production stages. Chiral separations,
e.g., single enantiomer drug development, consti-
tute the favorite application group for the SMB
chromatography, because they are characterized by
low selectivities and the cost in chiral separations is
dominated by the solvent consumption and expen-
sive chiral stationary phases. This is reflected by
the similar trends in the popularity of the SMB
technology and the significance of the chiral drugs
in the global drug market, e.g., single enantiomer
drugs took up forty percent of the global drug sales
in 2 000.5

SMB technology enjoys the gained experiences
and well established modelling concepts in the area
of conventional chromatographic techniques that
eased the development of dynamic SMB modelling
concepts. Optimization tools with different level of
complexity6,7 resulted in new SMB schemes and
operating modes such as VARICOL,8 PowerFeed9

and ModiCon,10 which allow for further improve-
ments in the efficiency of the SMB units.

There are two critical issues concerning the op-
timal operation of SMB units. First of all, regard-
less of their complexity, the performance of the op-
timization algorithms is limited by the accuracy of

the available physical data on the system. SMB
units are operating under overloaded conditions,
which is the main reason for their high productivity,
and the description of the separation process re-
quires the knowledge of the multicomponent ad-
sorption isotherm characterizing the separation. Un-
fortunately, precise measurement of the competitive
isotherm parameters is a rather difficult task. Espe-
cially in the case of enantiomer separations it may
not be possible at all, because of a lack of pure en-
antiomers or the shortage of racemate, i.e., a com-
mon problem during the development stage of
chiral drugs.

Even, if precise physical data of the system are
available, the optimal operating conditions depend
on the operating parameters such as feed concentra-
tion, and the physical parameters of the system,
e.g., adsorption isotherm and column properties,
which are subject to change. Therefore, re-charac-
terization and re-optimization of the system are
necessary.

The second critical issue is the sensitivity of
the SMB units to disturbances, e.g., aging of the
stationary phase, feed composition or tempera-
ture changes, and to uncertainties in the system,
e.g., column characteristics or the adsorption
isotherms, which may lead to either sub-optimal
operation conditions or off-spec production.4 There-
fore, it is common practice to operate the SMB
units far from the optimal operating conditions to
guarantee a certain level of robustness during the
operation.

Automatic control of the SMB units has the po-
tential to deliver the full economic potential of the
technology. On the other hand automatic control of
SMB process has its own challenges. SMB involves
complex hybrid dynamics with nonlinearities and
delays. Several SMB control approaches have been
proposed.11–16 The main drawback of these ap-
proaches is the need for accurate physical data
about the system. This work proposes a feedback
control strategy that is based on the linear adsorp-
tion isotherm information only regardless of the
type of isotherm characterizing the mixture to be
separated. This is a key improvement because con-
trary to competitive adsorption isotherm parame-
ters, the linear adsorption isotherm parameters, i.e.
Henry s constants, can be determined easily and
precisely. The control problem is constructed along
the lines of repetitive model predictive control
(RMPC), i.e., a new model perio dic control (MPC)
method for periodic control problems,17,18 and it in-
tegrates the online optimization and control of the
SMB process to address specific difficulties men-
tioned above.
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Modelling and simulation
of SMB process

The modelling and simulation techniques for
the SMB process have been well established thanks
to a significant level of experience gained in the
area of batch chromatography. Here, we give a
short description of the modelling concept and refer
to widely available literature for detailed modelling
principles and their experimental verifications.19–22

There are a number of available models that de-
scribe the single columns dynamics and their level of
complexity varies depending on the physical phe-
nomena they include.22 The mathematical model of
the SMB process is obtained by interconnecting the
single column models with the proper initial and
boundary conditions. In this work, we make use of
the equilibrium dispersive model (EDM) which has
been widely exploited for the design and optimiza-
tion of chromatographic separations, and regarded as
a good compromise between model accuracy and
computational efficiency.22,23 EDM enforces the lo-
cal equilibrium of the mobile and the stationary
phases and lumps the effects of finite mass transfer
rate and the axial dispersion in an apparent axial dis-
persion coefficient, i.e., denoted by Dap,i below.
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In the equation above, Qh and �h are the volu-
metric flow rate and the total packing porosity in
the h-th column, respectively. The adsorption iso-
therm relates the liquid and solid phase concentra-
tions of component i denoted by ci and qi

* in the
equation above, respectively.

q f c i A Bi h i h,
*

,( ) ( , )� � (2)

A number of isotherm models for liquid-solid
equilibrium are available in the literature.22,24 Lin-
ear and nonlinear competitive Langmuir isotherms
are of main interest in this work.

Linear isotherm:

q H c i A Bi h i i h,
*

, ( , )� � (3)

where Hi is the Henry’s constant of component i.
Non-linear isotherm:
Competitive Langmuir isotherm

q
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where Ki is the equilibrium constant of the i-th
component. Note that the linear isotherm can be
considered as a special case of the Langmuir iso-
therm, because the Langmuir isotherm converges to
the linear isotherm when the concentration of spe-
cies in the liquid phase is very small, i.e., when
c c cT
F

A
F

B
F� � approaches zero.

In this work, the binary mixture of the enantio-
mers of the antitussive agent guaifenesin is
separated, i.e., the more retained enantiomer
(S)-(+)-guaifenesin and the less retained enantiomer
(R)-(–)-guaifenesin. The equilibrium behavior of
the mixture is characterized by the binary Langmuir
adsorption isotherm (given by Eq. 4). The isotherm
parameters are taken from the available literature25

and are given in Table 1. We consider an eight col-
umn (h = 1, . . . , 8), four section (j = I , . . . , IV )
closed-loop SMB unit to separate the racemate. The
columns are distributed to the sections as 2-2-2-2.
The geometrical and physical specifications of the
plant are given in Table 1. The columns constituting
the SMB unit are assumed to be initially saturated
with mobile phase in equilibrium with the station-
ary phase, and therefore zero concentrations of both
components along all the columns are enforced
with the following initial conditions:

ci,h = 0 �z, t = 0 for h = 1, . . . , 8 (5)

The boundary conditions at the inlet and outlet
of the columns are as follows:

c c t hi h i h z, , , ,in for� � � �
� �0

1 8 (6)
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T a b l e 1 – Physical parameters for the SMB unit and the
separation system

Quantities Value

number of columns, Nc

column distribution

column diameter, dc/cm

column length L/cm

nominal porosity, �h

switch time, t*/s

number of theoretical
plates per column, Dap,i

Henry’s constants

equilibrium constants

8

2/2/2/2

1

10

0.7

400

100

HA = 3.5, HB = 1.4

KA = 0.0550, KB = 0.0135



where ci h,
in is the mass concentration of component i

fed into the column h. The material balances at each
inlet/outlet position complete the mathematical de-
scription of the process.

Q Q Q1 8 1� �
I O/

(8)

Q c Q c Q ci i i1 1 8 8 1 1, ,
/

,
/in out I O I O

� � (9)
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where ci h,
out is the mass concentration of component i

at the outlet of the column h. Qh
I O/

identifies the
flow rate of the inlet or the outlet stream entering
or leaving the SMB loop just before column h and
ci h,

/I O
is the mass concentration of component i in the

corresponding stream. Note that the volumetric
flow rates in the columns belonging to the same
section, are same, e.g., Q1 = Q2 = QI, Q3 = Q4 = QII,
Q5 = Q6 = QIII, Q7 = Q8 = QIV for the SMB configu-
ration given in Fig.1.

The SMB process has a hybrid nature and the
modelling concept should describe, both, continu-
ous and discrete (switching mechanism of the inlet
outlet positions) parts of its dynamics. Therefore
the switching operation is considered explicitly by
shifting the node balances. For instance the node
balances applicable to the SMB configuration given
in Fig. 1 during the first and the second switch in-
tervals are defined in Table 2. Here we make use of
a finite difference approximation to transform the
PDEs into a system of ODEs. The boundary condi-
tions and the node balances are substituted into the
resultant ODE systems.

Replacement of the constant apparent disper-
sion term by numerical dispersion is a widely used
technique to obtain a computationally efficient so-
lution of the equilibrium dispersive model.22 Con-
cerning the SMB units, the equivalence of numeri-
cal dispersion and apparent axial dispersion term is
only an approximation, because SMB units are ope-
rating under overloaded conditions that require non-
linear adsorption isotherms to describe the phase
equilibrium, and the apparent dispersion coefficient
is concentration dependent for nonlinear chroma-
tography. On the other hand, it has been shown that
this approximation leads to satisfactory results also
in nonlinear chromatographic applications even with
a small number of stages, i.e., Np,i < 100.22,23,26,27

The process is simulated by integrating the sys-
tem of ODEs of the SMB model in time by a com-
mercial stiff integrator. Note that each inlet/outlet
port configuration is described with a different set
of ODEs, because the input/output switching mech-
anism is explicitly imposed on the node balances
substituted into the ODEs. For the sake of clarity,
the simulated SMB plant will be referred to as SMB
plant throughout the work.

Online optimization based
control scheme

The proposed control concept is based on on-
line optimization of the process. It makes use of an
explicit model of the system in order to predict and
optimize the future evolution of the process along
the lines of the desired economic objective (see Fig.
2 for the scheme of the control concept). The inter-
nal flow rates in the four sections, i.e., QI , . . . , QIV,
and the concentration levels in the two outlet
streams, i.e., c c c cA

R
B
R

A
E

B
E, , , , are used as the manip-

ulated and the measured variables, respectively. It is
worth noting at this point that it is hard to access
the internal flow rates directly, therefore it is com-
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T a b l e 2 – Flow rates of the inlet/outlet streams entering/leav-
ing the SMB loop and the mass concentration of component i in
the corresponding stream at successive switch periods

0 : t* t* : 2t*

h Qh
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/I O Qh
I O/ ci h,

/I O

1

2

3

4

5

6

7

8

QD

0

�QE

0

QF

0

�QR

0

ci
D

0

ci ,2
out

0

ci
F

0

ci ,6
out

0

0

QD

0

�QE

0

QF

0

�QR

0

ci
D

0

ci ,3
out

0

ci
F

0

ci ,7
out F i g . 2 – Scheme of the online optimization based automatic con-

trol concept



mon practice to control the sectional flow rates by
acting on one internal and three external flow rates,
e.g. by acting on QI , QE, QF and QR. Because the
RMPC formulation requires a predefined period of
the process, the cycle time, i.e., ncol × t*, is fixed a
priori and the switch time, i.e. t*, is not used as a
manipulated variable. A periodic Kalman filter pro-
vides a recursive correction for the model errors by
combining the model estimation and the available
measurements in an optimal sense.3

The SMB model is one of the most critical
component of the control scheme. It should capture
the most significant dynamics of the process, but at
the same time it should be simple enough to allow
for online computations. Note that detailed dynamic
models of SMB would lead to nonlinear program-
ming problems which are computationally demand-
ing. Therefore, a time-varying linear model of the
SMB process has been obtained based on lineari-
zation of the dynamic model introduced in the sec-
tion of Modelling and simulation of SMB process.
We give a brief explanation of the modelling proce-
dure and refer to the available literature for the de-
tailed description.1,3

The SMB process does not have a steady state
in which all the process variables are constant in
time. For instance, the concentration profiles in the
SMB unit undergo a transient within a cycle. On
the other hand, the concentration profiles are pe-
riodinvariant, i.e., the transient dynamics are the
same cycle to cycle. Therefore, we have defined N
time instances (N = 64 in this case), i.e., sample
points, within the duration of a cycle and extracted
N different internal profiles corresponding to the
defined sample points. The cyclic steady state pro-
files are obtained by using the dynamic modelling
concept with EDM described in the previous sec-
tion of SMB process. It is important to note that the
whole control concept is based on the idea that the
nonlinear adsorption isotherm parameters of the
system under consideration are not known, and the
only information available to the controller are the
linear adsorption isotherm parameters, i.e., the only
physical data entering the system of ODEs of SMB
are Henry's constants (HA = 3.5, HB = 1.4) and the
nominal column porosity (�h = 0.7). Therefore, the
reference steady state profiles are generated for an
operation under linear chromatographic conditions.
The nonlinear terms of the ODE systems, i.e., the
convective terms containing the product of concen-
trations and flow rates, are linearized at each sam-
ple point using the corresponding cyclic steady
state concentration values and the flow rates in the
four sections. This procedure leads to the linear
time-varying state-space SMB model to be used in
the control algorithm.

xk(n + 1) = A(n) xk(n) + B(n) uk(n)

yk(n) = C(n) xk(n) for n = 0,…, N – 1 (12)

The transition from one cycle to the next one is
written as:

xk+1(0) = xk(N) (13)

where, k is the cycle index and n is the time index
running within the cycle index. x and u are the state
and input vectors, respectively. The output vector y
comprises the concentration levels at both outlets,
i.e., c c c cA

R
B
R

A
E

B
E, , , , All variables are defined in

terms of deviation variables. For instance, the state
vector comprising the internal concentration values
along the unit is defined as x(n) = c(n) – cref(n) and
similarly the manipulated variable vector is defined
as u(n) = Q(n) – Qref(n). Eq. (13) implies that the
space composition profiles at the end of the previ-
ous cycle, i.e., k, are used as initial conditions for
the next cycle, i.e., k + 1.

The obtained time-varying linear model of the
SMB process constitutes the basis for the formula-
tion of the control problem along the lines of
RMPC. The RMPC formulation is based on the as-
sumption that possible model prediction errors
and/or effect of disturbances on the plant output are
likely to repeat due to the periodic nature of the
process, and therefore the information from the past
cycles can be used to correct for the model errors in
the future cycles. We refer to the available literature
for the RMPC formulation and implementation de-
tails.3,18

Optimal operation of the SMB plants can be
formulated as maximizing the throughput, i.e., feed
input, and minimizing the solvent consumption
given that the plant layout and the switch time, i.e.
t*, are predefined. The economical objective should
include constraints on the product specifications as
well as on the operating conditions.

Note that raffinate and extract purities can be
calculated directly from the model outputs (Eqs.
12–13) and the corresponding outlet flow rates, i.e.
QE = QI – QII and QR = QIII – QIV. In this work, the
required product specifications are enforced by
constraining the average purities over the prediction
horizon, i.e. 2 cycles in our case, with a lower
bound.

P P sE
ave

E
 �min
1 (14)

P P sR
ave

R
 �min
2 (15)

si �0 (16)

The average purity expressions are nonlinear
in terms of flow rates and output concentrations.
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Therefore, they are successively linearized and in-
cluded in the optimization problem as linear in-
equality constraints. The slack variables, i.e., s1 and
s2, are introduced to avoid infeasibility problems
during the online application. Excessive usage of
slack variables is avoided by penalizing them in the
cost function (Eq. 18).

The operating constraints due to hardware limi-
tations such as maximum allowable flow rate, e.g.,
related to pressure drop limitations for the columns
or pumps, are also considered explicitly in the opti-
mization problem.

0� �Q Qj max for j = I,…,IV (17)

Here, the objective is defined as minimizing
the cumulative solvent consumption and maximiz-
ing the cumulative throughput over the prediction
horizon, i.e., nc = 1 cycle.

min[ ]
,Q

n n

n s
Q Q s s

c

c c
D D F F   � � �1 1 2 2 (18)

In the equation above, Q
n
D
c and Q

n
F
c are the cu-

mulative solvent consumption and throughput over
the control horizon, respectively; D and F are the
weights of the corresponding terms, e.g., D = 4 and
F = 20 in our case. Q nc comprises the manipulated
variables, i.e., internal flow rates, for the whole
control horizon. 1, 2 are the weights of the corre-
sponding slack variables in the cost function which
are kept large in order to punish the excessive use
of the slack variables, e.g., 1 = 2 = 100 in our
case.

The linear cost function (Eq. 18) together with
the linear constraints (Eqs. 14–17) constitutes a
Linear Program (LP). The online solution of the
constructed optimization problem provides the opti-
mal flow rate sequence which is implemented ac-
cording to a receding horizon strategy, i.e., the ele-
ment corresponding to the current time n is imple-
mented on the plant and the remaining elements are
discarded. As new information becomes available
with the new measurements collected from the
plant, a new optimization problem is solved at time
n +1 based on the updated state of the plant. Formu-
lation and implementation details of the optimiza-
tion problem are given elsewhere.3

Case study: controller performance

As mentioned in the previous sections, the
main challenges concerning the optimal operation
of SMB units arise from the difficulties to charac-
terize accurately the system involving nonlinear ad-
sorption isotherm parameters and single column
packing characteristics as well as from the mechani-

cal and chemical changes that the system undergoes
during the operation. This necessitates a control
scheme that is robust under extreme system uncer-
tainties. In this case study, it is assumed that the
column to column variations are negligible, there-
fore identical porosity is assigned for all the col-
umns in the SMB loop, i.e., �h = 0.7 for h = 1,…, 8.
The performance of the controller for a system with
varying packing characteristics is given
elsewhere.28 Here, we show the performance and
the robustness of the controller under extreme
plant/model mismatch.

The SMB unit is operated under overloaded
chromatographic conditions and the mixture be-
havior is characterized by the nonlinear binary
Langmuir adsorption isotherm (the isotherm param-
eters taken from literature are listed in Table 1). On
the other hand the controller is synthesized based
on only the linear adsorption parameters, i.e., HA =
3.5, HB = 1.4. This constitutes the major plant/mo
del mismatch for the case study.

In addition it is assumed that the actual system
parameters are different from the ones obtained
from the literature, specifically, that the Henry's
constants characterizing the behavior of the mixture
at low concentrations are actually HA = 3.15 and HB

= 1.33 instead of HA = 3.5 and HB = 1.4. This
means that the nonlinear isotherm parameters used
for simulating the SMB plant are HA = 3.15, HB =
1.33, KA = 0.0550 and KB = 0.0135, whereas the
linear isotherm parameters used for synthesizing the
controller are HA = 3.5 and HB = 1.4. This corre-
sponds to an error of 10 and 5 % in the linear ad-
sorption parameters used within the control scheme.
Note also that this implies that the plant operates
with a selectivity S = HA/HB = 2.37, i.e. 5 % less
than the nominal one. This constitutes the second
major plant/model mismatch within the considered
scenario.

The mixture to be separated has a total concen-
tration of 10 g l–1, i.e., cA

F �5 g l–1 and cB
F �5 g l–1.

The required product specifications are defined as
99 % for both outlets, i.e., P PE R

min min %.� �99

The plant is operated open loop, i.e., without the
controller, for a complete cycle in order to initialize
the control algorithm. The startup operating condi-
tions are the same as the ones used for the lineari-
zation of the system of ODEs of the SMB model in
section 3, i.e., Q I

ref �2084. ml min–1, Q II
ref � 1.284

ml min–1, Q III
ref � 2.094 ml min–1, Q IV

ref � 1.308 ml
min–1. It is worth noting that zero-mean white noise
(with a standard deviation of 2 % of the measured
concentration values in this case) is added to the
output measurements in order to make the simula-
tion more realistic.
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Figure 3 gives the evolution of the average out-
let purities over cycles for the controlled SMB
plant. It can be observed that the purity specifica-
tions for extract and raffinate outlets are fulfilled
within eleven and ten cycles, respectively. Figure 3
illustrates also the evolution of the production cost
throughout the operation. We define the production
cost (F) along the lines of the cost function of the

optimization problem (Eq. 18) but omit the contri-
bution of the slack variables.

F Q Q� � D D
ave

F F
ave (19)

In the equation above QD
ave and QF

ave are the
average solvent consumption and throughput, i.e.,
feed flow rate, throughout a cycle, respectively. D
and F are constants representing the prices of the
solvent and of the product, respectively, and they
are the same as used in the optimization problem,
i.e., D = 4 and F = 20.

One can see from figure 3 that the production
cost is increasing at the beginning of the operation
because the top priority of the controller is to fulfill
the purity requirements. After the purities are as re-
quired, the economics of the operation is optimized.
The steady state operating conditions are reached
and the minimum production cost is achieved after
forty cycles. The sectional flow rates implemented
throughout the operation are given in figure 4.

The controller action and its performance can
be interpreted in a systematic way with the help of
the “Triangle theory” that provides a detailed un-
derstanding of how operating parameters affect the
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F i g . 3 – Average output purities for the controlled plant over
cycles and the production cost (F)

F i g . 4 – Instantaneous internal flow rates implemented by the controller



separation performance.4 Triangle theory is based
on the local equilibrium model that neglects column
efficiency effects but accounts for competitive ad-
sorption thermodynamics. It provides simple alge-
braic equations that allow for the determination of
optimal and robust operating conditions of SMB
units. Triangle theory makes use of the ratio of the
net fluid and solid phase flow rates in each section
of the SMB unit as the operating parameters, i.e.,
so-called mj values.

m
Q t V

V
jj

j
�

�

�
�

*

( )
( , , , )

�

�1
I II III IV (20)

According to triangle theory, the necessary and
sufficient conditions for the complete separation of
a system characterized by nonlinear Langmuir ad-
sorption isotherms are as follows;

HA = mI,min < mI <� (21)

mII,min < mII < mIII < mIII,max (22)

0 < mIV < mIV,max (23)

where,

mII,min = f(mIII, Hi, Ki, ci
F ) (i = A, B) (24)

mIII,max = f(mII, Hi, Ki, ci
F ) (i = A, B) (25)

m H m K c m mIV B III B B
F

III II, max { ( )� � � � �
1

2
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F

III II B III
2 4 (26)

The first and the last constraints given by Eq.
21 and Eq. 23 guarantee the complete regeneration
of the liquid and solid phases in section I and IV,
respectively, whereas the constraints on the mII and
mIII guarantee the complete separation of the com-
ponents in the two central sections. Note that the
constraints on mII and mIII (Eq. 22) do not depend
on the flow rate ratios mI and mIV (see Eqs. 24–25),
and define an operating region in the (mII, mIII)
plane given that the constraints on mI and mIV are
fulfilled. The (mII, mIII) operating plane is shown in
figure 5-a. The operating parameter space is divided
into four separation regions each of which corre-
sponds to a different separation regime. The trian-
gle-shaped region identifies the operating condi-
tions achieving complete separation, i.e., 100 % pu-
rity for, both, raffinate and extract outlets. The other
three regions correspond to operating conditions
that lead to one or both outlets not being pure. The
shape and location of the regions depend on the ad-
sorption isotherm parameters and the feed composi-
tion, i.e., cA

F and cB
F , (Eqs. 24–25). It is important to

mention that according to the triangle theory, the
optimal operating conditions in terms of productiv-
ity and solvent consumption per unit mass of sta-
tionary phase correspond to the vertex of the triangle-
shaped area indicated by “w”. A detailed descrip-
tion of the theory, its implementation and experi-
mental verification can be found elsewhere.4,29

Let us interpret the controller action on the
(mII, mIII) operating plane given by figure 5-b. The
triangle area depicted by dashed lines is the com-
plete separation region for the linear adsorption iso-
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F i g . 5 – (a): mII–mIII operating spaces for nonlinear Langmuir isotherms. (b): Controller action represented in mII–mIII operating
parameter space. mj values are calculated with implemented internal flow rates averaged over a cycle. p1: startup oper-
ating conditions, p2: steady state operating conditions.



therm on which the controller is based on, whereas
the complete separation area for the nonlinear
Langmuir adsorption isotherm (with cF

T � 10 g l–1)
valid for the plant is given by solid lines. Note that
in figure 5-a the base points, i.e., intersection of the
complete separation region with the diagonal, are
defined by the Henry s constants, i.e., HA and HB.
One can see the mismatch between the linear ad-
sorption parameters of the system and the model
from the different base points of the corresponding
complete separation regions, i.e., the triangle given
by dashed lines applied to the model, and the one
given by solid lines applied to the system under
consideration (Fig. 5-b.).

The startup operating conditions correspond to
the point indicated by p1. It can be seen that the
controller first drives the operating conditions into
the correct region, i.e., the triangle-shaped complete
separation region depicted by solid lines, in order to
fulfill the required product specifications, and then
to the vertex of the triangle to optimize the econom-
ics of the operation. It operates the plant at steady
state close to the vertex, i.e., indicated by p2, which
corresponds to the optimal operating conditions ac-
cording to triangle theory.

Conclusion

The uncertainties in SMB systems are typically
significant, therefore, robust feedback control algo-
rithms are required to exploit the full economical
potential of the SMB technology. We have devel-
oped an online optimization based feedback control
scheme for SMB units. It has been shown, that the
controller based on linear adsorption isotherm in-
formation only can find the correct operating con-
ditions for SMB units operating under nonlinear
chromatographic conditions characterized by non-
linear competitive adsorption isotherms. Moreover
it can optimize the economics of the process. The
laboratory work has been progressing toward the
experimental verification of the control concept.
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N o t a t i o n

A, B, C – discrete time state-space matrices

Acr – column cross–section, cm2

c – mass concentration, g l–1

c – vector consists of the concentration values along
the unit

Dap – apparent axial dispersion coefficient, cm2 s–1

H – Henry s constant

Ki – equilibrium constant of the i-th component

k – cycle index

L – Length of the column, cm

N – number of time steps within a cycle

Np – number of theoretical stages

n – time index within a cycle

nc – control horizon

ncol – number of columns constituting the SMB unit

np – prediction control

PE – purity of extract outlet

PR – purity of raffinate outlet

Q – volumetric flow rate, ml s–1

Q – vector consists of volumetric flow rates in four
sections, i.e. Qj, ml s–1

q* – adsorbed phase concentration, g l–1

s1, s2 – slack variables for purity constraints

t – time, s

t* – period of time between two successive switches,
i.e. switch time, s

u – input vector

V – volume of one column, ml

x – state vector

y – output vector

z – axial coordinate, cm

G r e e k l e t t e r s

� – bed void fraction

 – weighting factors in the cost function

S u b s c r i p t s a n d s u p e r s c r i p t s

ave – average

D – desorbent

E – extract

F – feed

g – space index (grid point number)

h – column position index

i – component index, (i = A, B)

I/O – inlet/outlet stream

in – column inlet

j – section index, (j = I,…,IV)

max – maximum

min – minimum

out – column outlet

R – raffinate

ref – reference values used for linearization
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